
Seoara fions 

A Nonequilibrium 
of Tray 

Model for Dynamic Simulation 
Distillation Columns 

Hendrik A. Kooijman and Ross Taylor 
Dept. of Chemical Engineering, Clarkson University, Potsdam, NY 13699 

A nonequilibrium model for the dynamic simulation of distillation columns is de- 
scribed. The nonequilibrium model includes the direct calculation of the rates of mass 
and energy transfer and is better able to model the actual physical processes occurring 
on a real distillation tray than is the conuentional equilibrium stage model. Example 
calculations show that heat-transfer limitations and the vapor holdup above the froth 
cannot be neglected at elevated pressures. Back-computed Murphree tray eficiencies are 
not constant over time, which implies that the equilibrium model should not be used for 
dynamic simulations. 

Introduction 
There are many applications for dynamic simulation of 

chemical processes. It can be used in the evaluation of pro- 
cess control issues such as design of process control strategy, 
controller tuning, and testing for intrinsic process controlla- 
bility. Dynamic simulation can also play a role in process 
safety assessments and can provide insight into the sizing of 
equipment and on the flowsheet design; for example, in the 
validation of the design of heat integrated systems or the de- 
sign of batch processes for flexible production. Simulation of 
startup and (automatic emergency) shutdown procedures are 
used to gain prestartup knowledge. 

The simulation of separation processes-in particular the 
simulation of distillation columns-is an essential part of dy- 
namic process simulators. Distillation is a high energy con- 
sumer in most chemical processes, and the interactions be- 
tween columns can be significant from the design as well as 
the operability point of view. Early computer models and ex- 
periments that appeared in the literature were reported by 
Mah et al. (1962), Huckaba et al. (1963, 19651, Luyben et al. 
(1964), Waggoner and Holland (1965), Distefano (1968), and 
Howard (1970). Usually constant molar holdup was assumed 
and derivative terms in the energy equation were eliminated. 
Boston and Britt (1981) developed a commercial batch distil- 
lation simulator, based mainly on the model of Distefano. 
Gallun and Holland (1982) used Gear’s method (1971a, b) to 
solve the equations involved in dynamic simulation. Holland 
and Liapis (1983) discuss the use of semi-implicit 
Runge-Kutta methods as well as the multistep methods of 
Gear for the integration. Prokopakis and Seider (1983) simu- 

lated azeotropic distillation towers. Gani et al. (1986, 1987a, 
b, 1989) and Ruiz et al. (1988) proposed an extended model 
for the continuous dynamic simulation of distillation columns. 
The model neglects vapor holdups and uses Murphree plate 
efficiencies. They used an ODE-solver with a procedural ap- 
proach for the algebraic constraints and computed Jacobian 
information by means of finite differencing. Their model is 
one of the most comprehensive dynamic equilibrium models 
described in the literature. They also discussed the optimiza- 
tion of the dynamic startup/shutdown operations (Gani et al., 
1987a,b) and the hydraulics involved (flooding, entrainment, 
and weeping). They found that plate hydraulics play an im- 
portant role in these kinds of simulations. Cuille and Reklaitis 
(1986) simulated batch distillation with chemical reactions 
present. Holl et al. (1988) developed a dynamic process simu- 
lator called DIVA. Pantelides (1988) included dynamic simu- 
lation in the process simulator SPEEDUP. Ranzi et al. (1988) 
discussed the effects of the energy balances and the way they 
affect the simulation. They found that the energy balances 
must be evaluated properly in order to predict correct behav- 
ior. Gani and Cameron (1989) proposed the use of a general 
simulator for steady state as well as dynamic column simula- 
tion. 

Although the equilibrium model has been the basis of the 
dynamic simulation of distillation columns, its shortcomings 
are well known. The model is based on the assumption that 
both phases leaving a stage are in thermodynamic equilib- 
rium; in practice this never happens. To correct this problem, 
stage efficiencies are used. For a binary system both compo- 
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nent efficiencies are equal, but unfortunately this is not the 
case in systems with more than two components. For ideal 
and moderately ideal systems the component efficiencies are 
only a weak function of the composition, in contrast with 
nonideal systems where the opposite is true. Consequently, in 
the distillation of nonideal systems the concentration tran- 
sients could cause large component efficiency changes that 
might significantly alter the simulation. Component efficien- 
cies are also difficult to calculate (correctly!), and vary over a 
range from - m to + m. Therefore, efficiencies are often ob- 
tained from empirical correlations and assumed equal for all 
the components, and only dependent on the system of com- 
ponents at hand. In most dynamic simulators efficiencies are 
held constant, even for nonideal systems where the composi- 
tion transients imply changes in the component efficiencies 
over time. 

Another assumption of the equilibrium model, thermal 
equilibrium, forces the liquid and vapor leaving a stage to 
have the same temperature. In reality, heat transfer between 
the two phases is limited and the separate phases have their 
own temperatures. The assumption of thermal equilibrium 
makes it difficult to model the dynamics of sections in a col- 
umn that is purposely used for heat transfer. 

To eliminate the problems just discussed we need to con- 
struct a new dynamic column model that does not employ 
overall thermodynamic and thermal equilibrium assumptions! 
A nonequilibrium model was developed by Krishnamurthy 
and Taylor (1985a-d, 1986) (see, also, Sivasubramanian et al., 
1987; Powers et al., 1988; Lao et al., 1989) for steady-state 
simulation of separation processes. A second-generation 
model was developed by Taylor et al. (1994) that incorpo- 
rated the pressure as a variable and eliminated the need for 
a column design beforehand. This was done by including a 
design mode that simultaneously computes and adapts the 
column design during the simulation. Sizing and tray layout 
are done automatically, and only the type of tray or packing 
needs to be specified. Taylor et al. (1992) have demonstrated 
application of the nonequilibrium model to industrial column 
operations. Since the nonequilibrium model avoids the use of 
tray efficiencies, it is suitable as a basis for developing a dy- 
namic column model. This article describes such a model for 
tray columns. 

Model Assumptions 
A diagram of a general tray in a column is provided in 

Figure 1. Of central importance is the zone where vapor and 
liquid phases are brought into contact with each other in or- 
der to promote mass and energy transfer between the phases. 
A tray can operate in different flow regimes: spray, froth, 
emulsion, bubbling liquid, or foam. Here we will generally 
refer to the dispersion on the tray as the froth, although we 
do not limit our model to that regime. Above the froth is an 
area for vapor disengagement, to separate the phases to let 
them move countercurrently in the column. Similarly, we have 
a downcomer for liquid disengagement, These disengage- 
ment areas are essential to the operation of a trayed column 
and certainly play a role in its performance. 

What differentiates the dynamic model from the steady- 
state model (as described by Taylor et al., 1994) is the use of 
holdup terms. For steady-state simulation, holdup calcula- 
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Figure 1. General tray. 

tions are not required; however, in the dynamic model they 
represent the basic differential equations. For the general 
tray, a number of distinct holdups can be identified: 

Liquid in the froth on a tray 
Vapor dispersed in the froth on a tray 
Liquid in the downcomer below a tray 
Vapor above the froth/downcomer on a tray. 

The froth is modeled by two (or more, if multiple liquid 
phases are present) separate holdups. Figure 2 is a diagram 
of these holdups and also shows the connecting flows be- 
tween the different holdups. The following assumptions have 
been made in our dynamic nonequilibrium model: 

The trays are in mechanical equilibrium. 
Thermodynamic equilibrium is assumed only at the in- 

terface between vapor and liquid phases on the tray, 
Mass transfer occurs on& between vapor and liquid on 

the tray, dictated by the resistance to transport in each phase. 
Condenser and reboiler operate at equilibrium (due to 

their design). 

The dynamic model developed here uses all four holdup 
terms and avoids simplifications often made in other dynamic 
models, such as constant holdups, neglecting energy deriva- 
tives, neglecting vapor holdups, and constant (tray/compo- 
nent) efficiencies. To reduce the size of the model, the holdup 
terms for the vapor above the froth and in the downcomer 
can be lumped into the froth holdups (if it is desired to do 
so). 
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Figure 2. Holdups and connecting flows. 

Model Equations 
Component molar holdup terms are denoted with QYw, 

where P indicates the holdup phase type (V or L), w the 
place in the model (f for froth, d for downcomer, and a for 
above the froth), i the component, and j the plate number. 
Similarly, total molar holdups are denoted with q;w and en- 
ergy holdups with EF". Vapor and liquid holdup composi- 
tions are computed from 

q,"" 
Y; = - lxy 

The interstage liquid and vapor flows on plate j are de- 
noted with L; and yw, where w indicates the holdup from 
which the flows originate (f, d ,  or a) .  Component molar feed 
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flows are denoted similarly to molar holdups as FITw. The 
mass-transfer rates through the interface are positive from 
vapor to liquid and denoted by 4;. 

For a general stage (one not at the top or bottom of the 
column) the component molar balances over the four differ- 
ent holdups are: 

These equations may be extended to include fractional en- 
trainment (@:, @;), weep flow ratios (wj), sidestream flow 
ratios ( r ] ) ,  and interlinking flows (Gi jJ .  This is not done here 
(see, however, Taylor et al., 1994). To correctly model the 
behavior of a column outside normal operational conditions, 
inclusion of entrainment and weep flows is essential. 

The component molar holdups must sum to the total molar 
holdups: 

C 

o =  c qYf-q,"f (7) 
i = l  

The energy balances for each holdup are: 

(11) 

(12) 

where E is the energy transport to/from the interface (see 
below), HIYpw is the partial molar enthalpy of component i in 
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the feed to the specified holdup, and Qpw is the heat input 
into the specified holdup. The energy holdups EPw are re- 
lated to the component molar holdups and the component 
enthalpies (H,:") by 

Note that only c - 1 fluxes are independent, and we will ob- 
tain 2(c - 1) equations. Also note that the rate equations are 
in matrix/vector form. 

The rate matrix [ R ]  ( c  - 1 by c - 1) is calculated from bi- 
nary mass-transfer coefficients: 

For systems where an activity coefficient model is used for r = 1  

C 

0 = c ( H,$dU,fd)  - E:d. 
i = l  

the phase equilibrium properties, the thermodynamic factor 
matrix r (order c - 1) is defined by (18) 

C? In yj Enthalpies are functions of the holdup temperature, TPw, 

fluxes from the vapor to the interface and from the interface 
to the liquid on plate j are 

q'j = 6 i j  + x ,  (7) (29) 
pressure, q, and holdup molar compositions. The energy T , P , x ,  ,k # j = I . .  . n - 1 

If an equation of state is used, yi is replaced by 4i. Expres- 
sions for the composition derivatives of Iny, are given by 

Pressure p/ is computed from the tray pressure drop and 
pressure of the tray above. The pressure at the top of the 

C €yf = c AyHtyf + h p j (  T/"f - q') 

~ k f  = C K,"fH;f + hf-foj( T,' - qLf) ,  

(19) Taylor and Kooijman (1991). 
i =  1 

C 

(20) column is specified (Psp,,): 
i = l  

where q' is the temperature of the interface on plate j .  The 
energy balance over the interface equates these energy fluxes: 

where A q  - is the pressure drop for the specific type of 
column internals (computed empirically or theoretically, Tay- 
lor et al., 1994). 

The interholdup flow rates are determined through calcu- 
lation of the total molar holdups (alternatively, they could be 

r = l  (22) computed directly from empirical or theoretical relations). 
The total molar holdups can be computed from the height of 
the froth, hf, the clear liquid height, hf', the tray spacing, hj', 
and the liquid height in the downcomer, hy, of plate j :  

0 = €yf - €,Lf. (21) 

The interface compositions xff and y J f  must sum to unity, 

C 

o =  C y J f - 1  

o =  C x f f - 1  
C 

(23) 
1 = 1  

0 = ( h f  - hj')  A f .c V f  . -UVf and obey the equilibrium relations ( i  = 1.. . c) as well: I I .I fl 

The mass-transfer rates Njj from the vapor to the interface 
I 

0 = hdAdCLd - ULd. 
I 1 1  ti 

are equal to the mass-transfer rates from the interface to the 
liquid. They are computed with the following rate equations: 

(35) 

The liquid heights are (computed by empirical correlations 
or theoretical relations. Note that each total holdup must be 
a function of the relevant flow rate (such as u t f d  should be a 
function of Lf) to prevent higher index systems. Since this is 

(0 )  = (N,)  - N , ( Y y f )  - C.y.][ qf] -" y] ((YYf) - ( Y f f ) )  
(25) 

not the case for Eq. 34, we can replace it with 
( O ) = ( N , ) -  Nfj(xff)-cffuj [ R L f  j ] - l [  q L f ]  ((xi") - (xff)) ,  

where Nfj  is the total mass-transfer rate on plate j ,  which 
equals the sum of all the component mass-transfer rates N,j.  

to use a constant molar va.por holdup above the froth (usually 
the change in qp is small). This assumption maintains the 
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index of the system at one (instead of two), but violates the 
physical constraint of a fixed volume between the trays. For 
the correct dynamic simulation, it is important that the liquid 
height correlations behave correctly besides being accurate 
(which is not required for steady-state simulation). 

The total number of equations is 7c + 18 per general stage, 
where c represents the number of components in the system. 
Out of these, 4c + 4 equations are ordinary differential equa- 
tions, while the rest (3c + 14) are algebraic equations. The 
feed flows ( F ) ,  heat inputs (Q), top and condenser pressures 
(P,,,, P"), and product streams ( D ,  B )  are functions of time. 
If they are constants, we are solving a steady-state (SS) pro- 
cess, where all differential terms are set to zero. If they change 
over time, we switch to dynamic simulation (DS), where we 
solve the resulting differential-algebraic system of equations 
until steady state is reached (or until the variable changes are 
less than some specified small fraction). Of course, only dur- 
ing a SS simulation can we activate the design mode, which 
simultaneously corrects the column design to handle the pro- 
cess flows at hand. The resulting design can then be directly 
used for the dynamic simulation. 

A simplification of this full tray model results from ignor- 
ing the vapor above the froth and the liquid in the down- 
comer. Equations 5, 6, 9, 10, 13, 14, 17, 18, 34 and 35 are 
omitted from this model, which has just 5c + 10 variables. The 
neglected downcomer and vapor holdup could be optionally 
lumped into the liquid and vapor holdup equations (Eqs. 32 
and 33). 

Distillation columns also have various types of condensers 
and reboilers that usually have a significantly larger holdup 
than the holdup on any tray. It is these larger holdups that 
lead to differences in the transient behavior of various vari- 
ables, and therefore have a large effect on the column behav- 
ior. They also cause the system of equations to be very stiff. 

The reboiler is modeled as a liquid holdup in the bottom 
of the column followed by a partial (equilibrium) reboiler. 
The holdup component molar balances ( c )  are 

(37) 

where the liquid mole fraction is x,, = U,k/qk and the tray 
above the reboiler is tray n. The total holdup is computed by 
summing the component holdups: 

(38) 

Assuming a constant molar holdup, we write the total molar 
balance (for dynamic state): 

0 = Ld, - L,. (39) 

For steady state this equation is replaced by a direct speci- 
fication of the molar (or possibly volumetric) holdup in the 
reboiler: 

The energy holdup and energy relation are 

(41) 

(42) 

The pressure is determined from 

0 = pb  - p, - AP,.  (43) 

For a partial reboiler we have total and component molar 
balances (c + l), equilibrium relations (c) ,  a summation equa- 
tion for the vapor and liquid mole fractions (l), and an en- 
ergy balance (1): 

o = K . x .  - y .  
t r  i r  i r  

C 

0 = C ( y i r  - X i , )  
i =  1 

(46) 

(47) 

(48) 
o=-L Eb +Q,-H;I / , -H;B 

UIk 

where Q, represents the reboiler duty, B the bottoms flow, 
and V ,  the boilup vapor returned to stage n. Various reboiler 
specifications can be used, for example, the specification of 
the bottoms flow: 

0 = B - Bspec. (49) 

The (3c +9) variables are .?Jk, qk, E,, Th, L,, Ph, V,, y, , ,  
Q,, T,, xc,, and B. In the case of a total reboiler with a vapor 
product, x,,B in the reboiler mole balance becomes y,,B and 
HFB in the energy balance becomes HYB. For a total re- 
boiler with a liquid product, x,,B in the reboiler mole bal- 
ance becomes x,,B and H,!B in the energy balance becomes 

The condenser is modeled as a total condenser and reflux 
drum. The total condenser has the normal (2c  + 3)  equations. 
The variables are the liquid product flow, L,, the tempera- 
ture, T,, heat duty, Q,, and the vapor and liquid mole frac- 
tions, x,, and ytc. The condenser equations are, respectively, 
a total molar balance, component molar balances (c), an en- 
ergy balance, equilibrium relations (c), and a summation 
equation: 

(SO) 

(51) 

(52) 

(53) 

(54) 

El, B/UIk. 

0 = v, - L,  

0 = YZV, - X',L, 

0 = HrV2 + Q, - HbL, 

0 = K,cx,c - YK 

0 = c ( y l c  - Xi(.). 

C 

r = l  
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The pressure of the condenser, Pcond, is specified. The re- 
flux drum has a vapor and a liquid holdup. Thus, we have c 
component molar holdups (VLdrum >, a total molar holdup 
(U~dru"'), and an energy holdup (E'-drUm). We have a liquid 
distillate flow ( D L )  and a returning liquid reflux (R) .  The 
molar component holdup, total holdup and energy balances 
are: 

x,,L, - x,drum(DL + R )  

u, 

( 5 5 )  

(56) 

mLdrum -= 
dt 

C 

0 = C UILdrum - Ldrum 

1 = 1  

ables (q,, ut/, El, y l I ,  V ; ,  L,, T,, and 5). If the vapor holdup 
is not neglected but also computed, we obtain a model with 
2c +8 equations and variables (Sy, qf, qy, q,", Ey, E,!, <, 
L,, T,, and q). Again, neglected holdups could be included 
as discussed previously. 

We have discussed four different models: the nonequilib- 
rium model with four holdup terms (NEQ4H), the nonequi- 
librium model with only two froth holdup terms (NEQZH), 
the equilibrium model with liquid holdup terms (EQL), and 
the equilibrium model with both liquid and vapor holdup 
terms (EQLV). With these four models we shall explore the 
differences between the dynamic nonequilibrium and equilib- 
rium models. 

dELdrum E L d r u m  

( D L  + R ) .  (57) Physical Property Models -- 
dt 

The energy holdups are equated to the products of the molar 
holdups and enthalpies to determine the liquid drum temper- 
ature (TLdrum): 

We have a total of c +5 equations and variables: qLdrum, 
UtLdrum, ~ L d r u m  T L d r u m  , R ,  and distillate rate D L .  Com- 
bined with the condenser, this gives 3c + 8 variables and 3c + 6 
equations. The extra equations needed are the condenser 
specification and constraint. For unsteady-state simulation the 
condenser constraint is a constant molar (or volume) holdup: 

0 = L,  - ( D L  + R )  . (59) 

The physical property models that supply the K-values, ac- 
tivity coefficients, binary diffusivities, densities, heat capaci- 
ties, enthalpies, vapor pressures, viscosities, thermal conduc- 
tivities, surface tensions, and binary mass-transfer coeffi- 
cients are a large and important part of a process simulator. 
Mass-transfer coefficients k,,, are computed from empirical 
models (Taylor and Krishna, 1993) and multicomponent dif- 
fusion coefficients evaluated from an interpolation formula 
(Kooijman and Taylor, 1991). A nonequilibrium model has a 
much higher demand for properties than does an equilibrium 
model (Taylor et al., 1994). Property models also impose a 
problem specially associated with dynamic simulation. Often, 
different correlations are used over different state variable 
ranges. When a switch between different correlations occurs 
due to a change in a state variable (such as temperature, 
pressure, or composition), it causes a discontinuity in the sim- 
ulation. For the sake of consistency, properties need to be 
continuous at or around any switching points. Depending on 
the solver used, proper handling of these discontinuities may 
require the physical property model/comelation switches to 
be signaled in way. However, this is not (yet) done in 
the present implementation of the models described earlier. 
Rather, discontinuities of this kind are avoided as much as 
possible by using a single correlation for the whole integra- 
tion. 

Solving the Model Equations 

Again, for the steady-state simulation, this equation is re- 
placed by the direct specification of the molar (or volume) 
holdup: 

0 = UILdrum - ULdrum 
t,spec * (60) 

Various steady-state condenser specifications can be used. 
For example, fixing the reflw ratio (RR) is represented by 

0 = D ~ R R  - R. (61) 

The 3c +8 variables and equations of the condenser are L,, 
x .  1c7 T ,  c y,,, Qc, qLdrum, ELdrum, qLdrum, TLdrum, R, and DL.  
The vapor/liquid holdups in the connecting pipes between 
column and condenser/reboiler are neglected, but can be in- 
corporated if necessary. 

To compare results of the nonequilibrium model with those 
of the conventional equilibrium-based simulations, an equi- 
librium tray model with a specified tray efficiency, tj (which 
is constant over the integration interval), is used (Kooijman, 
1995). In this model the vapor holdups are neglected and only 
the liquid holdup in the froth is included. This holdup can be 
computed by Eq. 33 or held constant (computed at steady 
state or user specified). The tray pressures are computed with 
the tray pressure drops (the pressure of the tray at the top of 
the column specified). We obtain 2c + 6 equations and vari- 

The system of model equations consists of differential 
equations for the molar and energy balances and algebraic 
equations for all other relations; a differential-algebraic 
(DAE) system. Two methods are used to solve DAE systems. 
The procedural approach solves the algebraic equations sep- 
arately from the differential equations. True DAE solvers 
solve the whole system of equations. There are two main types 
of such DAE solvers: solvers that employ backwards differen- 
tiation formulas (BDF) and one-step (semi-)implicit methods 
(such as Runge-Kutta methods). The advantage of using 
one-step methods is that they do not require (consistent) ini- 
tial derivative information, which is hard to obtain (for the 
algebraic variables). The approach used here (referred to as 
BESIRK) consists of a semi-implicit Runge-Kutta method 
developed originally by Michelsen (19761, but that is ex- 
tended with an extrapolation technique (Bulirsh and Stoer, 
1966) to improve the efficiency in solving DAE problems. One 
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of the limitations of this implementation is the fact that the 
differential terms must have constant coefficients. It is for 
this reason that molar holdups are used as model variables 
instead of molar compositions. 

The models are set up in a specific manner so that we can 
easily switch between solving a steady state and dynamic 
problems. This allows us to use the dynamic model as a relax- 
ation method for solving steady-state problems (Gani and 
Cameron, 1989). A problem is started with a steady-state sim- 
ulation to initialize all the variables. Then a disturbance can 
be introduced and the dynamic simulation can start. When, 
during a dynamic simulation, the variables do not change by 
more than a predefined fraction (here, a switch to the 
steady-state simulation is initiated. Care must be taken that 
the DAE solver is started with a consistent set of initial vari- 
ables where the algebraic constraints are satisfied (in the case 
of the nonequilibrium model, this can easily be done by as- 
suming zero interface fluxes and computing molar and en- 
ergy holdups). 

The system of model equations is sparse since each stage is 
usually only connected with the stage below and the stage 
above. To exploit this sparsity of the problem and to solve it 
efficiently we use the NSPIV sparse solver (Sherman, 1978). 
NSPIV does not save LU factors and cannot exploit the fact 
that multiple linear systems with the same matrix need to be 
solved. However, solving the sparse linear systems is isolated 
in one routine to easily switch to other sparse solvers such as 
MA28 (Duff, 1979). 

To employ a BDF or (semi-)implicit Runge-Kutta method 
we need the Jacobian of the righthand side of all the equa- 
tions. This information is computed from analytical expres- 
sions with the exception of the enthalpies, heat-transfer coef- 
ficients (Eqs. 19 and 201, rate equations (Eqs. 25 and 261, 
holdup equations (Eqs. 32-35), and pressure drop derivatives 
(Eq. 31). Obtaining an “analytical” Jacobian is cumbersome, 
but with a numerically computed Jacobian (by finite differ- 
encing) the integration becomes rather slow (even when ex- 
ploiting the sparsity of the system). Furthermore, the accu- 
racy of the Jacobian can be very important for SIRK methods 
and in the exact locating of discontinuities. BESIRK retains a 
copy of the Jacobian in order to save Jacobian evaluations. 

The program keeps track of the index of the system of 
equations. This index indicates the number of times the alge- 
braic constraints have to be differentiated with respect to the 
independent variable (time) to produce a system of only ordi- 
nary differential equations. Higher index problems are usu- 
ally more difficult to solve. BESIRK can signal warning mes- 
sages when the index is higher than one (BESIRK tests if the 
Jacobian matrix of the algebraic equations with respect to the 
algebraic variables is singular; if so, the index is considered 
higher than one and Jacobian information is used to obtain 
an estimate of the index). 

The full dynamic nonequilibrium model was implemented 
on the PC platform in Fortran, running small to moderate 
dynamic simulation problems on a 66-MHz 486 (with 8-MByte 
RAM) within several hours. The simulation program uses an- 
alytical derivatives to reduce CPU requirements, but was not 
(yet) optimized for speed or memory requirements. For ex- 
ample, certain (transport) property derivatives might not need 
to be continuously computed. 
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Simulation Results 
The results presented here mainly highlight some of the 

differences between dynamic equilibrium and nonequilibrium 
models. Four examples have been simulated, an extractive 
distillation column, an acetone absorber, a debutanizer 
adapted from Gani et al. (19861, and a depropanizer taken 
from Taylor et al. (1994). Steady-state results for the 
nonequilibrium models described earlier are identical to those 
from the model of Taylor et al. (19941, even though the model 
equations differ both in form and in number (the latter uses 
mole fractions since, for steady state, no holdups of any kind 
need to be computed). Newton’s method was used to obtain 
the steady-state solution. Through the use of exact Jacobians, 
convergence (in terms of number of iterations) was improved 
over the steady-state-only implementation (which uses only 
composition derivatives of the rate equations). The results of 
the two different dynamic equilibrium models (EQL and 
EQLV) were very similar. For comparisons the EQLV equi- 
librium model and the NEQ2H nonequilibrium models were 
used except where otherwise indicated. 

Extractive distillation 
Our first example is an extractive distillation column that 

separates n-heptane and toluene using phenol as the extrac- 
tive agent. Temperature sensors often are used to control this 
kind of extractive distillation column. Thus, we are interested 
in the differences in temperature profiles between equilib- 
rium and nonequilibrium simulations of this type of column. 
The simulated column has 29 sieve plates, a partial reboiler, 
and a total condenser. The column has a 50/50 mol % feed 
of toluene and n-heptane at stage 20 (counting from the top, 
including the condenser as the first stage) and a phenol feed 
at stage 10 that is three-and-a-half times larger than our orig- 
inal feed. The phenol makes the n-heptane more volatile than 
the toluene and the distillate purity is about 98.5 mol %. The 
tray design was automatically generated by the nonequilib- 
rium model (based on a design of 0.75 fraction of flooding). 
The same sieve tray design was taken for all the simulations 
to compare the results for the various models. The AIChE 
model (Gerster et al., 1958) was used for calculation of the 
mass-transfer coefficients. The condenser and reboiler holdup 
were set to account for a liquid holdup of about 5 min (at a 
reflux ratio of 5) .  See Table 1 for a summary of the simula- 
tions. 

To compare the two types of simulation, it is necessary to 
use a Murphree tray efficiency for the equilibrium model that 
is a back-calculated average from the nonequilibrium simula- 
tion. This is needed to obtain an equilibrium simulation with 
the same number of trays, and therefore, comparable dy- 
namic behavior. An equilibrium model with constant Mur- 
phree efficiency of 55% for all the components gave similar 
products as those obtained in a nonequilibrium simulation. 
The computed steady-state component Murphree efficiencies 
are shown in Figure 3. Notice that the component efficien- 
cies are generally unequal and can vary outside the range 
from zero to one. Here, the efficiencies change radically and 
are very different from their average value, especially around 
the phenol feed. This is due to the fact that the phenol feed 
is subcooled (by about 40°C) for better separation, but it is 
still hotter than the internal flows at the feedtray. Therefore, 
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Table 1. Extractive Distillation Column Specifications 
DECHEMA K model 
UNIQUAC model (parameters by UNIFAC) 
Antoine vapor pressure 
Excess enthalpy 
Condenser pressure 2.0 (bar) 
Top pressure 2.0 (bar) 
Estimated Dressure droD 

Feed stage 10 20 
Vapor fraction 0 
Temperature (“C) 170 
Component flows (mol/s) 
n-heptane 0 25 
Toluene 0 25 
Phenol 175 0 
Total Condenser (stage 1): - 
Reflux ratio = 5.0 
Molar holdup = 45.0 (kmol) 
Partial Reboiler (stage 31): 
Bottom product flow rate = 200.0 (mol/s) 
Molar holdup = 90.0 (kmol) 
Section 1 
First stage 2 
Last stage 9 

Total tray area (m’) 5.19 
No. of flow passes 3 

Column dia. (m) 2.57 

Tray spacing (m) 0.5 
Liquid flow path length (m) 
Active area (% total) 86.8 
Total hole area (% active) 12.1 
Downcomer area (% total) 6.6 
Hole diameter (m) 0.00476 
Hole pitch (m) 0.0130 
Weir length (m) 6.23 
Weir height (m) 0.0508 
Downcomer clearance (m) 0.0381 
Deck thickness (m) 0.00254 

0.717 

2 
10 
19 
2.09 
3.43 
2 
0.5 
0.778 

82.0 
9.8 
9.0 
0.00476 
0.0144 
3.56 
0.0508 
0.0381 
0.00254 

3 
20 
30 
2.17 
3.70 
2 
0.5 
0.753 

77.8 
9.6 

11.1 
0.00476 
0.0144 
3.67 
0.0508 
0.0381 
0.00254 

the nonequilibrium model has a higher liquid temperature on 
the feed tray than the equilibrium model due to limited heat 
transfer with the vapor. This phenomenon cannot be ob- 
served with the equilibrium model since it requires thermal 
equilibrium. 

The column was perturbed by decreasing the phenol feed 
temperature from 170 to 140°C. Computed Murphree effi- 
ciencies of the steady state after this perturbance are shown 
in Figure 4. Note the differences with Figure 3. Since the 
efficiencies change over time, the dynamic results computed 
with constant efficiencies in the equilibrium model become 
an approximation to the actual dynamic behavior. The 
changes in the temperature profiles as a function of time for 
the equilibrium and nonequilibrium model are shown in Fig- 
ure 5. There we can observe that the difference between the 
lines of the equilibrium model (dashed) and the nonequilib- 
rium model (solid) can vary in a nonlinear fashion with time. 
This implies that the dynamic response for the temperatures 
on these plates is quantitatively and qualitatively different, 
with obvious implications for any control strategies derived 
from the simulations. The temperatures for the nonequilib- 
riurn model seem to fluctuate much less than those for the 
equilibrium model, since mass- and heat-transfer limitations 
dampen the changes quicker. The fluctuations are due to the 
sudden increase in a cooler liquid flow going down the col- 
umn, which will result in extra vapor being condensed below 
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0.0 0.2 0.4 0.6 0.8 1 .o 
Murphree efficiency (-) 

0 n-Heptane 0 Toluene + Phenol 

Figure 3. Murphree efficiencies backcalculated from 
nonequilibrium simulation for the extractive 
distillation of n-heptane and toluene with phe- 
nol. 

the phenol feed. When this extra liquid reaches the reboiler, 
the vapor flow quickly rises (because the bottoms flow is con- 
stant), and so the internal liquid flow decreases. The vapor is 
condensed and partially returned to the column (since a re- 
flux ratio was specified, and the condenser holdup is con- 
stant). This will send another wave of increased liquid flow 
down the column, but one that is smaller than the original 
one. For illustration the liquid and vapor flows have been 

5 

10 

3 
9 

P 
x 

b 

15 

E 
20 

25 

30 
0.0 0.2 0.4 0.6 0.8 1 .o 

Murphree efficiency (-) 
0 n-Heptane 0 Toluene + Phenol 

Figure 4. Murphree efficiencies backcalculated from 
nonequilibrium simulation for the extractive 
distillation after a drop in phenol feed temper- 
ature. 
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300 

Figure 5. Temperatures (K) of trays 10 through 30 and 
the reboiler for the extractive distillation col- 
umn as a function of time. 

plotted as a function of time in Figures 6 and 7, respectively. 
Of course, with variable condenser and reboiler holdups the 
oscillations in the internal flows would be less pronounced or 
suppressed. But the initial wave of liquid down the column 
from the feed flow causes a nonlinear response that is quite 
different for both the models. 

Acetone absorber 
The second example consists of a 30 sieve tray absorber in 

which acetone is to be absorbed in water from a vapor stream 
(specifications are given in Table 2). The column is perturbed 
by increasing the vapor feed temperature from 25 to 100°C. 
The column was simulated first with the nonequilibrium 
model (using the AIChE model for mass-transfer coeffi- 
cients) in design mode to obtain a suitable sieve-tray design 
and a back-calculated average Murphree efficiency (of 0.34) 
for the equilibrium simulation. 

Initially the nonequilibrium model temperature profile 
(Figure 8) shows the typical bulge (of 2 to 3°C) caused by the 
heat of absorption of acetone in water and the evaporization 

300 

Time (s) 0 

Figure 6. Internal liquid flows for the extractive distilla- 
tion column as a function of time. 

0.17 
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Figure 7. Internal vapor flows for the extractive distilla- 
tion column as a function of time. 

of water in the bottom. After the vapor feed temperature 
increase, the liquid temperatures in the whole column rise as 
well. The equilibrium model initially predicts a very similar 
temperature bulge at about the same tray (Figure 9). How- 
ever, after perturbation we see that the liquid temperature 
on the bottom tray quickly rises to a higher value than any of 
the tray above it. This is due to the assumptions that the 
temperature of the leaving flows on a tray have to be the 
same. Therefore, the model predicts that the vapor entering 
the bottom of the column, which has a temperature much 
higher than that of the liquid, is cooled down to the tempera- 
ture of the liquid immediately. No heat-transfer limitations 
are considered. The larger the difference in temperature be- 
tween the vapor entering and the liquid leaving the column, 

Table 2. Acetone Absorber Specifications 

DECHEMA K model 
NRTL activity coefficient 
Antoine vapor pressure 
Excess enthalpy 
Top pressure 1.01325 (bar) 
Estimated pressure drop 
Feed stage 
Pressure (atrn) 
Temperature (“0 
Component flows (mol/s) 
Nitrogen 
Acetone 
Water 
Section 
First stage 
Last stage 
Column diameter (m) 
Total tray area (m2) 
Number of flow passes 
Tray spacing (m) 
Liquid flow path length (m) 
Active area (% total) 
Total hole area (% active) 
Downcomer area (% total) 
Hole diameter (m) 
Hole pitch (m) 
Weir length (m) 
Weir height (m) 
Downcomer clearance (m) 
Deck thickness (rn) 

1 30 
1.0 1 .o 

24.9 25.0 

0.0 10.0 
0.0 1 .o 

40.0 0.0 
1 
1 

30 
0.42 
0.139 
4 
1 

0.5 
0.301 

83.2 
24.3 
8.4 
0.00476 
0.00907 
0.373 
0.0508 
0.0381 
0.00254 
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30 

Figure 8. Temperature profiles for the acetone ab- 
sorber simulated with the nonequilibrium 
model. 

the less appropriate is the assumption of thermal equilibrium 
between phases. 

Figure 10 shows the effects of the vapor temperature 
change for the concentration of acetone in the vapor leaving 
the column. Due to the lower temperatures in the column 
the change in acetone concentration is much less for the 
equilibrium model than that for the nonequilibrium model. 
Note that the response time is also different. Dynamic mod- 
eling of absorption columns like this can be important to en- 
sure that environmental constraints are met at times even 
during short bursts in vapor flow, temperature, and contami- 
nation levels. This cannot be modeled with an equilibrium 
model if heat transfer plays an important role in the opera- 
tion of the column. Furthermore, the nonequilibrium model 
has greater potential for modeling columns with trace com- 
ponents since mass-transfer effects have a large influence on 
the efficiency of the trace components. 

315 I 

300 

30 

Time (s)  1 

Figure 9. Temperature profiles for the acetone ab- 
sorber simulated with the equilibrium model. 
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Figure 10. Molefraction of acetone of absorber off-gas 
as a function of time for the equilibrium 
( - - - - I  and nonequilibrium (-1 model. 

Debutanizer 
The third example is an industrial debutanizer taken from 

Gani et al. (1986); it is their only example where sufficient 
tray design details and steady-state information was supplied 
to allow simulation with a nonequilibrium model. The vake 
tray column is 1.67 m in diameter, and they used a constant 
efficiency for all trays. The efficiencies, backcalculated from 
a steady-state nonequilibrium simulation, vary from 0.62 to 
0.67 for the rectifying section and range from 0.68 to 0.77 in 
the stripping section. This compares very well with the aver- 
age tray column efficiency of 0.7 reported by Gani et al. The 
column was perturbed with a 5% increase in reflux rate, 
keeping the reboiler duty constant. The simulated bottoms 
pressure corresponds very well with that reported by Gani et 
al. (within 0.5 kPa). The results of the equilibrium and the 
nonequilibrium model are very similar in this case, as they 
should be. 

Depropanizer 
The depropanizer column operates at a pressure of 15 bar, 

and illustrates the effects of the vapor holdups at high pres- 
sure. It shows that at these pressures the vapor holdups on 
and above the froth may be considerable and have to be 
properly modeled. Vapor holdup above the froth can be up 
to half as large as the combined liquid holdups on the tray 
and in the downcomer. Vapor holdup in the froth tends to be 
less then a tenth of the total liquid holdup and is less impor- 
tant. The downcomer liquid holdup varies with the size of the 
downcomer and can equal up to 50% of the liquid holdup on 
the tray. For this column the bottom flow rate is specified 
and the reflux ratio is increased from 2.5 to 4 at the start of 
the dynamic simulation. To check the effect of the inclusion 
of the vapor holdup above the froth, two nonequilibrium sim- 
ulations have been run, orie with all four of the holdups mod- 
eled separately and one with two holdups, but with the down- 
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Time (s) 

Figure 11. Temperatures of trays 12, 15, and 18 in a de- 
propanizer modeled by the nonequilibrium 
model with 2 holdups (----) and the 4 
holdup model (-1. 

comer liquid holdup lumped into one with the liquid holdup 
on the tray. The mass transfer is not influenced by this lump- 
ing (calculation of mass-transfer coefficients and interfacial 
area are computed independently of the holdup). Figure 11 
shows the temperatures on three trays (12, 15, and 18) as a 
function of the time (the solid lines are for the four holdup 
models). Note the logarithmic time scale. It is apparent that 
the inclusion of the vapor holdup above the froth is signifi- 
cant as the transients converge more slowly toward the 
steady-state values (as they should with more total holdup in 
the column). Naturally, this has consequences for the time 
constants of the column and controller parameters derived 
from open-loop simulations. 

Conclusions 
A rigorous nonequilibrium model has been developed 

where each phase in the froth and disengagement zone is 
considered as a separate, variable, completely mixed holdup 
and only mechanical equilibrium is assumed (equal pressure 
over the tray). Mass transfer occurs between the vapor and 
liquid in the dispersion on the tray. The nonequilibrium model 
includes tray sizing parameters and mass-transfer models and 
it is observed that these have a direct and significant influ- 
ence on the column dynamics. Thus, the nonequilibrium 
model has the potential to include tray sizing parameters as 
part of the column design, control, and optimization. With- 
out efficiencies the model is predictive; no estimates were 
needed to describe the performance of an existing industrial 
column, just tray design layout and specifications. Back-com- 
puted Murphree tray efficiencies are not constant over time, 
which implies that the equilibrium model should not be used 
for dynamic simulations. The difference between equilibrium 
and nonequilibrium simulation transients can be pronounced, 
both qualitatively and quantitatively. These differences are 
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due to both mass- and heat-transfer limitations, which the 
equilibrium model ignores. There are significant differences 
in dynamic behavior of columns at higher pressures simu- 
lated with models that include or ignore the vapor holdup 
above the froth. 
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Notation 
a =interfacial area, m2 
A =area, m2 
c =concentration, kmo1/m3 
h = heat-transfer coefficient, W/m*/K 
K =equilibrium constant 
M =molecular weight, kdkmol 
V =vapor flow rate, kmol/s; volume, m3 
y =vapor mole fraction 
4 = fugacity coefficient 
y =activity coefficient 
p =density, kg/m3 

Superscripts and Subscripts 
b =bottom; bubbling area plate 
c =cross-sectional area 
t =top 
p =from stage p 
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